Chemical Engineering Journal 358 (2019) 351–361

Contents lists available at ScienceDirect

Chemical Engineering Journal
journal homepage: www.elsevier.com/locate/cej

Hydrothermal gasiﬁcation of sorbitol: H2 optimisation at high carbon
gasiﬁcation eﬃciencies
V.R. Paida, D.W.F Brilman, S.R.A Kersten

T

⁎

Sustainable Process Technology, University of Twente, Drienerlolaan 5, 7522 NB Enschede, the Netherlands

H I GH L IG H T S

temperatures reduce H yield due to its consumption in side reactions.
• High
stripping enhances H yield without compromising on carbon gasiﬁcation.
• NDeveloped
model provides a good prediction of data in continuous and batch studies.
• Model predicts
promising H productivity on an industrial scale.
•
2

2

2

2

A R T I C LE I N FO

A B S T R A C T

Keywords:
Sorbitol
Hydrothermal gasiﬁcation
Hydrogen
Kinetics
Mass transfer

Using both experiments and modelling, hydrothermal gasiﬁcation of sorbitol (SB) aiming at maximal carbon to
gas conversion and H2 production was investigated over a wide temperature range (270–350 °C). Kinetics were
studied in a continuous tubular reactor using a Pt/γ-Al2O3 catalyst. The addition of N2, resulting in lower H2
concentrations in the liquid phase, was found to have a beneﬁcial eﬀect in terms of higher H2 yield without
compromising on the carbon gasiﬁcation. The highest H2 yield obtained in this work was 4 mol H2/mol SB.
Existing reaction schemes for sorbitol gasiﬁcation were used to derive a path-lumped scheme. A multi-phase
reactor model including a path-lumped scheme and gas-liquid-solid mass transfer was developed and parameterized based on datasets with varying temperature, space velocity, inlet gas composition (N2 or H2) and gasliquid ﬂow ratio. The developed model was used to provide guidelines for the design of an industrial reactor for
the gasiﬁcation of 10 tons/h of 10 wt% aqueous sorbitol. The eﬀect of N2 stripping and industrially attainable kLa
values were found to boost the H2 yield from 4 to 12 mol H2/mol SB making it an attractive process for further
consideration.

1. Introduction
Hydrothermal gasiﬁcation of biomass feeds to valuable chemicals
and fuels has received a signiﬁcant amount of attention in the past few
decades. Typically, this type of gasiﬁcation has been categorised based
on temperature ranges of operation. The youngest technology is aqueous phase reforming (APR), developed by Dumesic et al [1]. It requires
lower temperatures (200–280 °C) and has been found to be successful in
the production of H2 and alkanes from oxygenates [2]. APR was found
to be promising due to its low energy requirements, especially when
considering dilute organic streams. Despite many studies in the past
decade in the areas of catalyst development and mechanistic studies for
model compounds, there is no commercial application yet for relatively
complex biomass feeds. Challenges include long operation times (large
reactors) due to low kinetic activity at low temperatures and moving
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from noble metal catalysts towards bi-metallic catalysts to reduce costs
while maintaining a good selectivity towards H2 production [3].
At higher, but still sub-critical temperatures (280–350 °C), shorter
residence times are used. Work in this temperature region is limited in
comparison to APR and is typically conducted in conjunction with
super-critical water gasiﬁcation (SCWG) [4,5]. SCWG (400–800 °C) has
also been extensively studied for complex biomass feedstock. SCWG
was found to provide a high reaction rate and selectivity (catalytic) to
H2 at higher temperatures by taking advantage of the thermo-physical
properties of water under these conditions, which enable radical based
cracking of biomass to small molecules, ending up in the gas phase.
However, due to the need for harsh conditions, corrosion of construction material is signiﬁcant, and considering the limited value of the
products, the process is often not economically justiﬁed [6,7].
Fig. 1 shows the hydrothermal gasiﬁcation of C6 sugars and sugar
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Fig. 1. Studied temperature ranges for hydrothermal gasiﬁcation of C6 sugars and sugar alcohols. References – a: [8], b: [9], c: [10], d: [11], e: [12], f: [6].

enable the design of a reactor for industrial scale purposes.

alcohols studied in the entire temperature range, as well as the range
considered in this work, indicating the knowledge gap that the current
distribution is addressing.
Among biomass-derived materials, sorbitol has been used as a key
model oxygenate compound. Sorbitol was found to be more stable
under reforming conditions (220–275 °C) in comparison to glucose, it’s
dehydrogenated counterpart, leading to an increase in H2 selectivity
from 13 to 62% under APR conditions [13]. Sorbitol, therefore, oﬀers a
cleaner route towards eﬃcient gas production in comparison to glucose. The treatment of sugars derived from aqueous biomass streams
would require a hydrotreating step prior to gasiﬁcation in order to reduce the coke formation that is associated with the direct gasiﬁcation of
sugars. This is a topic for future studies.
The conversion of sorbitol consists of a complex network of reactions and several studies have been conducted to gain more insight into
the reaction mechanism [14–16]. However, all the studies have been
conducted within a limited temperature range under APR conditions
[9]. With respect to kinetic modelling, Aiouache et al. [17] conducted
batch experiments in a temperature range of 220–250 °C using mono
and bi-metallic Ni catalysts and developed a path-lumped model for the
reforming of sorbitol by using a pseudo-generic intermediate. Kirilin
et al. [18] conducted continuous tests in a ﬁxed bed reactor and developed a kinetic model to describe sorbitol reforming at 220 °C using a
Pt/γ-Al2O3 catalyst. Fig. 2(a) highlights key reactions reported for the
hydrothermal gasiﬁcation of sorbitol.
In this work, the kinetics of the hydrothermal gasiﬁcation of sorbitol
are investigated over a wider temperature range, encompassing both
APR and sub-critical conditions (270–350 °C). Experiments are conducted using a commercial 5 wt% Pt/γ-Al2O3 catalyst (Sigma-Aldrich)
in a continuous up-ﬂow packed bed reactor. It is known that Pt catalysts
are expensive and Pt/γ-Al2O3 needs improvements with respect to hydrothermal stability [19,20]. However, this work does not focus on
catalyst development but on the use of an existing commercially
available catalyst in the development of a model that can be used for
predictions of H2 production and carbon gasiﬁcation on an industrial
scale. In this regard, Pt/γ-Al2O3 is a benchmark catalyst that was found
to be most suitable for the production of H2 from aqueous biomass
streams [9].
The main experimental goal is to determine the optimum H2 production within the operating window considered. While it is known that
higher H2 selectivity is obtained at lower conversions, feed concentrations and temperatures [21], this study aims to investigate optimum H2
production rates at higher temperatures and carbon gasiﬁcation eﬃciencies. The work presented in this paper is part of an approach that
evaluates the feasibility of complete hydrothermal gasiﬁcation of sorbitol on an industrial scale. To that eﬀect, a reactor model that incorporates both reaction kinetics and mass transfer is developed to

2. Experimental section
2.1. Catalyst
Experiments were conducted using a commercial 5 wt% Pt/γ-Al2O3
catalyst obtained from Sigma-Aldrich. The surface area of the catalyst
was measured using a BET analyser and was determined to be
162.5 m2/g. XRF studies were conducted to conﬁrm the loading of
metal on the support and this was found to be 4.65% by weight.
2.2. Experimental setup
The continuous experimental setup is shown in Fig. 3. The vessel for
the feed solution stood on a balance that measured its rate of
throughput. An additional storage vessel for water was used for purging
and cleaning the reactor before and after an experimental run. A 3-way
valve that could switch between the two vessels connected to a highpressure dual head piston HPLC pump (Instrument Solutions LU class),
which fed liquid solution continuously within a range of 0.1–3 ml/min.
A mass ﬂow controller (Brooks SLA5850) was used to co-feed
10–60 Nml/min of pressurized N2 into the reactor. Two check valves in
series on the gas line were used to ensure that there was no backﬂow of
liquid to the line. The gas and liquid ﬂows were pre-mixed in a Tjunction prior to entering the reactor. The reactor was designed as an
Inconel tube (ID = 13 mm, L = 20 cm) and was divided into three
sections. The entrance of the reactor was ﬁlled with inert sand particles.
This provided a uniform distribution of gas and liquid in the reactor and
also heated up the feed to the desired temperature. The central section
was ﬁlled with 5 wt% Pt/γ-Al2O3 catalyst particles (> 50 μm), homogeneously mixed with inert sand (100 μm). The exit section was also
ﬁlled with inert sand. This was done in order to reduce the void volume
of the reactor by minimising liquid and gas holdup and hence minimising homogeneous decomposition reactions.
For temperature control, three thermocouples (T1, T2 and T3) were
attached to the outer wall of the reactor. The reactor temperature was
maintained using three electric ovens. The reactor temperature was
considered as the average of the three temperatures. The ovens were
operated individually such that all three thermocouples of the reactor
were at the same temperature ( ± 3 °C). Cooling water was used to cool
the product ﬂuids downstream of the reactor in a co-current tubular
heat exchanger. The pressure of the system was controlled via a backpressure regulator (Dutch Regulators GBT8S). The operating pressure at
the set temperature was always at least 20 bars higher than the vapour
pressure of water at that temperature. This way, it was ensured that
suﬃcient water was present in the liquid phase.The pressure drop
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Fig. 2. (a) Scheme for APR of sorbitol [14–16] (b–d) Development of path-lumped model.

Mass balances were closed using the weighing scales (KERN DS
8K0.05) for the feed and product containers, and the gas meter for the
total volume of gas produced. Carbon balances were closed by using the
Elemental Analyser for liquid feed and liquid product streams. Carbon
in the gas phase was obtained from the volume of gas recorded in the
gas meter and the composition of the product gas stream obtained from
the RGA analysis. Carbon balance closure was found to be > 87% for all
experiments considered with an average closure of 93%.

across the reactor was measured using two pressure sensors at the entrance and exit of the reactor (P1 and P2). The mixture of liquids and
gases was separated in a gas-liquid separator, operated under atmospheric conditions. A 3-way valve switched between two gas-liquid
separators, one which collected product from the experiment, while the
other was used for water collection during startup and cool down of the
setup. The whole setup was placed in a high-pressure box with controls
located outside the box so that experiments could be carried out in a
safe manner.
Gas products along with N2 were sent to a gas meter operated under
atmospheric conditions, and a Rapid Reﬁnery Gas Analyser (Varian)
that was connected via a T-junction. The RGA consists of three channels. Channel 1 was used for the separation and detection of H2 using
Hayesep Q 80 and Molsieve 5A 80 columns. The column was equipped
with a thermal conductivity detector (TCD) using N2 as the carrier gas.
Channel 2 was used for the separation and detection of permanent gases
(CO2, CO, O2 and N2) using Hayesep Q 80, Hayesep N 80 and Molsieve
13X 80. It was equipped with a TCD detector using Helium as the
carrier gas. Channel 3 was used for the separation and detection of
gaseous hydrocarbons using Cp-sil5 CB and Select Al2O3/MAPD. The
column was equipped with a ﬂame ionisation detector (FID) and used
Helium as the carrier gas. Liquid products were analysed oﬀ-line for
their carbon content using a Flash 2000 Elemental Analyser and for
residual sorbitol concentrations using an HPLC column (HiPlex H+,
RID detector).

2.3. Experimental procedure
Initially, the catalyst was reduced in-situ by ﬂowing 30 Nml/min H2
over the catalyst bed for 2 h at a temperature of 400 °C.
Prior to a catalytic test, the reactor was ﬂushed with water and was
pressurised (to above the saturation pressure of water) using the back
pressure regulator. N2 or H2 was co-fed to the reactor and was premixed with the water at a T-junction upstream of the reactor. Once the
setup reached steady-state with the pressurised water-N2 or water-H2
mixture, the reactor was pre-heated to the desired temperature. At
isothermal and isobaric conditions, the 3-way valve was used to switch
from water to the aqueous feed solution. Sorbitol, obtained from SigmaAldrich was used as a feedstock and 10 wt% aqueous sorbitol solution in
Milli-Q water was prepared as the feed solution. At least two times the
residence time in the reactor was provided to ensure that steady state
conditions were reached. The setup was at ‘steady state’ once the gas
353
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Fig. 3. Experimental setup for the hydrothermal gasiﬁcation of sorbitol.

2.4. Experimental reproducibility

production rate reached a constant value, at a constant system temperature and pressure. A series of catalytic tests w ere conducted by
varying feed ﬂow rate (0.1–2 ml/min), N2 ﬂow rate (0–60 Nml/min),
H2 ﬂow rate (0–30 Nml/min) and temperature (270–350 °C). Under the
experimental conditions studied, the reactor is operated at all times
with three phases present in the system (gas, liquid and solid).
Error bars represent the standard deviation of the mean at 95%
conﬁdence levels. Quadruple measurements at 270 °C and 310 °C were
used to calculate the standard deviation at 95% conﬁdence levels.
These values represent the errors of the whole population at all temperatures and residence times. Refer to Table A.1 in Appendix A-1 for
the relevant data.
The following expressions were used for the calculation of residence
time (Eq. (2-1)), sorbitol conversion (Eq. (2-2)), H2 yield (Eq. (2-3)),
product carbon yield for calculation of carbon content in the Liquids,
CO2 and Alkanes (Eq. (2-4)) and carbon conversion to gas (Eq. (2-5)).
Alkanes refers to C1-C6 alkanes detected in the gas phase while Liquids
refers to other organic species that remain in the aqueous phase.
While it is typical for studies on continuous reactors to use WHSV as
a deﬁnition for the residence time in the reactor, in this work, as in the
work of D’Angelo et al [22], the residence time is deﬁned as the inverse
of the WHSV in molar terms.

τ=

NPt ⎛ mol Pt ⎞
s·
FSB, in ⎝ mol SB ⎠

F
XSB = ⎜⎛1− SB ⎞⎟ ∗100
⎝ FSB, in ⎠

Spent catalysts were analysed after a series of runs, with a time on
stream of 50–60 h. To ensure that the catalyst was not deactivated
during the measurement series, one in ﬁve experiments conducted in a
series was a duplicate, thereby ensuring the reproducibility of the experimental data and that the catalyst activity was maintained. The reproducibility of the data was satisﬁed with an error of ± 2% for the
experiments conducted.
One set of the deactivated catalyst obtained from measurements
conducted at the harshest conditions (350 °C and 185 bar) was analysed
and compared to the fresh catalyst as shown in Table 1. As can be seen,
the surface area of the spent catalyst was drastically reduced. This has
been explained in literature by the poor stability of alumina under
hydrothermal conditions, and it’s irreversible deactivation to boehmite
(AlOOH) leading to reduced catalytic activity [23]. Additionally, the
carbon content of the catalyst was measured using Elemental Analysis
for the determination of coke deposition. As can be seen, the carbon
content of the spent catalyst was 1.45 wt%, conﬁrming that coke deposition was present under the experimental conditions studied. The
presence of carbonaceous deposits was found to improve the stability of
Al2O3 catalysts in comparison to their deactivation in hot compressed
water, lowering the conversion to boehmite [19]. Nevertheless, signiﬁcant improvements in catalyst stability under hydrothermal processing conditions are necessary in order to consider the long-term
application of a catalyst on an industrial scale.

(2-1)

(2-2)

YH2 =

FH2 mol product i
⎞
⎛
FSB, in ⎝
mol SB
⎠

(2-3)

YC, i =

FC, i mol carbon in product i
⎞
⎛
FC, in ⎝
mol carbon in SB
⎠

(2-4)

XCG =

∑ F C,i ∗100

Table 1
Catalyst properties before and after experiments conducted at 350 °C and
180 bar.

F

C , in

(2-5)
354

Pt/γ-Al2O3

BET surface area (m2/
g)

Pt loading (wt
%)

Carbon content (wt
%)

Fresh catalyst
Spent catalyst

162.5
65.5

4.65
4.69

8.5 * 10−2
1.45
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Fig. 4. (a) Eﬀect of residence time on carbon distribution among Sorbitol, Liquids, CO2 and Alkanes and (b) H2 yield as a function of sorbitol conversion. Experiments
conducted at 270 °C and 85 bar using 4 g of 5 wt% Pt-Al2O3 and 30 Nml/min N2. Note: The lines are an aid to the eye.

3. Experimental results
3.1. Homogeneous reactions
Experimental tests made in the absence of the catalyst under all the
conditions considered in this work showed poor gasiﬁcation (< 10% at
350 °C) and the production of an oil phase that had a carbon contribution of 20%. While the higher temperatures > 300 °C lead to the
homogeneous decomposition of sorbitol, the presence of a catalyst is
very much required for the conversion of aqueous carbon to gas phase
compounds at sub-critical conditions.
3.2. Eﬀect of residence time
Fig. 4(a) illustrates the eﬀect of residence time on the carbon distribution of sorbitol, Liquids, CO2 and Alkanes at 270 °C. As expected,
longer residence times increase the carbon conversion to gas. Initially,
the yield of CO2 increases rapidly as a function of the residence time.
From 200 to 450 s-mol Pt/mol SB the increase is considerably less. This
may be attributed to the inhibiting eﬀect of H2 on the reforming reaction which has been previously observed for APR of ethylene glycol
[24] and sorbitol [22]. On the other hand, the yield of Alkanes and
Liquids show a (nearly) linear trend with increasing residence times.
Although the yield of Alkanes does not exceed a total of 0.5 mol/mol SB
(0.25 mol C/mol C in SB), the linearly increasing trend has a signiﬁcant
inﬂuence on the total carbon gasiﬁcation as shown in Fig. 4(a). At the
longest residence time studied, this accounts for 25% of the total carbon
fed and can be attributed to the carbon contribution of C4-C6 alkanes in
the gaseous product.
Fig. 4(b) depicts the H2 yield as a function of sorbitol conversion. It
is interesting to see that the production of H2 increases most after the
complete degradation of sorbitol. From this, it is deduced that the
majority of the H2 is produced via the reforming of intermediates in the
liquid phase formed from the fast degradation of sorbitol. Apparently,
direct sorbitol reforming to H2 is a slow reaction under the experimental conditions considered in this work.

Fig. 5. Eﬀect of temperature on H distribution. Experiments conducted at a
residence time of 100 s-mol Pt/mol SB, using 4 g of 5 wt% Pt-Al2O3, 1 ml/min of
10 wt% sorbitol solution and 30 Nml/min N2.

alkanes. Fig. 5 shows the eﬀect of temperature on the distribution of
atomic hydrogen. Although water is consumed and produced during
reactions, it is not possible to quantify it due to its excess presence in
the feed. So the amount of atomic hydrogen in Liquids was calculated by
the diﬀerence between the atomic hydrogen in sorbitol and the total
atomic hydrogen in all gaseous species. The purpose of Fig. 5 is to
provide an insight into the distribution of the atomic hydrogen derived
from sorbitol among the diﬀerent products. As illustrated, at 350 °C, the
atomic hydrogen in the form of gaseous H2 reduces and it can be seen
that the H contribution in Alkanes and Liquids is higher. The increase in
the hydrogen content of Alkanes is also reﬂected in the total carbon
gasiﬁcation, which increases from 35% to 78% at a residence time of
100 s-mol Pt/mol SB.
3.4. Eﬀect of N2 ﬂow
The inﬂuence of N2 ﬂow has been studied extensively by D’Angelo
et al., albeit at lower conversions and temperatures [22]. It was found
that utilising N2 as a stripping gas enhanced the H2 yield by decreasing
the concentration of H2 in the gas phase and therefore increasing the
driving force for mass transfer which results in a lower H2 concentration in the liquid phase. In this work, this eﬀect was veriﬁed and studied at higher temperatures and conversions. Fig. 6 shows this eﬀect of
N2 ﬂow by comparing a constant N2 ﬂow of 30Nml/min at residence

3.3. Eﬀect of temperature
Experimental data in the temperature range studied showed that the
H2 yield has a maximum at 310 °C, as illustrated in Fig. 5. The decrease
above 310 °C attributed to the increased reactivity of H2 consuming
reactions towards the production of intermediate liquid species and
355
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Fig. 6. Experimental data points and model predictions of the eﬀect of N2 on (a) H2 yield and (b) % total carbon gasiﬁcation. Experiments conducted at 310 °C and
120 bar using 4 g of 5 wt% Pt-Al2O3 and 10 wt% sorbitol solution.

times between 40 and 200 s-mol Pt/mol SB with a constant inlet gasliquid ratio of 30 (Nm3/m3 liquid) at similar residence times.
As illustrated in Fig. 6(a), the N2 ﬂow has a large eﬀect on the H2
yield at longer residence times. At a residence time of 100 s-mol Pt/mol
SB, the N2 ﬂow of 30 ml/min equals an RGL of 30. At longer residence
times, a N2 ﬂow of 30 ml/min causes the RGL to be larger than 30. For
instance, at a residence time of 200 s-mol Pt/mol SB, the liquid feed
ﬂowrate is 0.5 ml/min, causing the RGL to be 60 at a N2 ﬂowrate of
30 ml/min. This leads to a larger stripping eﬀect. At this residence time,
the H2 yield increased from 3 to 3.8 mol/mol SB. The positive eﬀect of
N2 ﬂow on the H2 yield conﬁrms that the mass transfer has a signiﬁcant
inﬂuence on the overall production of H2.
In comparison, as seen in Fig. 6(b), the eﬀect of N2 has a negligible
inﬂuence on the total carbon gasiﬁcation. This can be attributed to the
combined change in the yields of carbonaceous species in the gas phase.
The stripping eﬀect enhances the CO2 yield in a manner similar to the
eﬀect of N2 on the H2 yield; i.e, by reducing its concentration in the gas
phase. However, the opposite trend is seen for the production of gaseous alkane species whose yield is decreased due to the presence of a
lower concentration of H2. By stripping H2 out of the liquid phase, there
is less H2 available for reactions that produce gaseous alkanes, therefore
reducing the carbon contribution of alkanes in the gas phase. Thus
higher CO2 yields are balanced by the lower alkane yields, not aﬀecting
the total carbon gasiﬁcation.

Fig. 7. Eﬀect of N2 and H2 ﬂow on the carbon yield of CO2 and alkanes.
Experiments conducted at 270 °C and 85 bar using 4 g of 5 wt% Pt-Al2O3 and
30 Nml/min N2 or H2.

hydrogenolysis reactions that are enhanced in the presence of H2.
4. Reactor model
4.1. Path lumped scheme development
As mentioned previously, the reforming of sorbitol consists of a
complex network of reactions, with more than 80 intermediates and
products identiﬁed [14]. Therefore a path-lumped kinetic scheme has
been developed for engineering purposes. The starting point was the
reaction network depicted in Fig. 2(a) which has been developed based
on existing reaction mechanisms proposed for sorbitol reforming [15].
Fig. 2(b) illustrates the development of the path lumped scheme. The
initial path lumped model was established based on existing reaction
mechanisms, as shown in Fig. 2(a). In the scheme shown in Fig. 2(b),
sorbitol undergoes reforming to produce H2 and CO2. Produced H2 is
consumed in hydrogenolysis reactions of sorbitol to produce Liquids-1,
representing compounds exhibiting similar chemistry as sorbitol (OH/
C = 1). Sorbitol also undergoes dehydration to produce Liquids-2 (OH/
C < 1) that could undergo further sequential dehydration-hydrogenation reactions to produce Alkanes. H2 and CO2 are also consumed
in methanation reactions to produce Alkanes. This model consists of 7
reaction rates and 8 parameters to be ﬁtted. While the model performed
well in describing the experimental data at all temperatures, the parameters were found to be highly correlated, causing large discrepancies
in the ﬁtted parameters and broad conﬁdence intervals. The model was
therefore simpliﬁed to the one shown in Fig. 2(c) in the following ways:

3.5. Eﬀect of H2 ﬂow/partial pressure
The inﬂuence of H2 ﬂow on the reforming and alkane production
rates was studied at 270 °C at varying residence times. By feeding H2
instead of N2, the H2 pressure in the gas could be increased to maximally 30 bar, which was much higher than that could be achieved by
changing the N2 ﬂow (Refer section 3.3). Fig. 7 illustrates the carbon
yields of CO2 and gaseous alkanes. According to the ﬁgure, the addition
of H2 causes a signiﬁcant reduction in the CO2 yield. This can be attributed to the inhibiting eﬀect of H2 on the reforming reaction and is
consistent with studies of D’Angelo et al on the eﬀect of changing
partial pressures of H2 on the reforming reaction [22]. On the other
hand, the alkanes showed an increased yield in the presence of H2,
indicating the positive eﬀect of the H2 concentration on the alkane
production rate. As the H2 partial pressures increase with increasing
residence time, the alkane production rate increases. With respect to
sorbitol conversion (not shown in the ﬁgure), no signiﬁcant diﬀerence
was seen in the sorbitol decay rate in the presence of H2. This contradicts the study of D’Angelo et al in which the H2 partial pressure reduced the sorbitol conversion which was ascribed to inhibition of the
reforming reaction. At the higher temperatures considered in this study,
this inhibiting eﬀect could be oﬀset by the increase in sorbitol

1) The direct reforming pathway of sorbitol to H2 is considered negligible based on the experimental results presented in Fig. 4(b)
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(insigniﬁcant H2 production below 80% sorbitol conversion).
2) The decay rate of sorbitol is fast as a result of which incomplete
conversion was only measured up to 290 °C. Based on experimental
results, the rate of sorbitol decay at 270 °C was found to be unaﬀected by H2 partial pressure, as discussed in Section 3.4, and
therefore this rate is modelled as ﬁrst order with respect to sorbitol
concentration.
An activation energy of 33 kJ/mol for the homogeneous hydrothermal degradation of sorbitol from literature was found to describe
the sorbitol degradation ineﬀectively [25]. In the presence of a catalyst,
sorbitol degrades almost completely above 250 °C. Therefore, batch
reactor data at 250 °C and 290 °C were used to ﬁt the decay rate of
sorbitol (rSB) and the calculated activation energy of 76 kJ/mol was
used for the determination of sorbitol decay rates in the continuous
reactor. A description of the batch reactor used can be found in literature [26].
Sorbitol is converted to liquid intermediates, represented by the
lump Liquids, which are further reformed to H2, CO2 and alkanes. For
modelling purposes, Liquids is represented by 1,4 anhydro-sorbitol, the
dehydrated counter-part of sorbitol.

Fig. 8. Stoichiometric equations for hydrothermal gasiﬁcation of sorbitol.

methanation rate (rm). The correlation matrix showed that the rate
constant kh was found to be highly correlated (> 0.95) with rate
constant km and a very broad conﬁdence interval. Therefore rate rh
was eliminated from the model leading to a path lumped scheme
represented by series reactions, as shown in Fig. 2(d). The stoichiometric equations used are shown in Fig. 8.
To model the reactor a set of plausible assumptions was made, to
arrive at the molar balances:

1) Since there are innumerable liquid intermediates during the conversion of sorbitol to gas, the only information known about the
liquids at all residence times and temperatures is the concentration
of carbon in the water. Therefore, Liquids-1 and Liquids-2 were
lumped into one group referred to as Liquids.
2) Liquids are converted to H2 and CO2 via a reforming pathway (rr)
and a competing hydrogenation pathway (rh) converts Liquids to
Alkanes represented by propane. The reforming pathway is modelled
using a Langmuir-Hinshelwood type mechanism, based on studies in
which the blockage of catalytic sites by adsorption of H2 was found
to reduce the reforming rate [27]. This inhibition is taken into
consideration by introducing an adsorption equilibrium constant Keq
(Refer Table 2) that is ﬁtted at 270 °C using the experimental data
with H2 ﬂows (Refer Fig. 7). By utilising an exothermic heat of
adsorption of 33 kJ/mol for H2 adsorption on Pt-Al2O3 [28], Keq is
pre-determined for the ﬁtting at higher temperatures. Additionally,
H2 and CO2 are converted to Alkanes via a methanation pathway
(rm).
3) Fitting of kinetic parameters at all temperatures resulted in a negligible rate of Alkanes formation via Liquids (rh) indicating that the
production of Alkanes could be represented by a dominating

1) The reactor is assumed to be an ideal ﬁxed bed reactor, with cocurrent gas and liquid ﬂow in plug ﬂow without axial dispersion.
2) The reactor operates under isothermal conditions.
3) The catalyst is fully wetted by the liquid.
4) The reactor operates at steady state. Catalyst deactivation is not
considered.
5) There is neither coke production on the surface of the catalyst nor in
the liquid phase.
6) With respect to liquid-solid external mass transfer limitations, suitable correlations and model calculations were performed to ensure
that liquid-solid mass transfer rate > > reaction rate. Therefore,
liquid-solid mass transfer resistance is not considered. Further information can be found in Appendix A-4.
7) Based on an analysis of the eﬀectiveness factor, the concentration of
the species in the liquid phase is considered to be the same as that in
the catalyst particle. Further information can be found in Appendix
A-4.
Table 2 lists the modelling equations used. More information on the
development of the equations is provided in Appendix A-2.

Table 2
Modelling equations.
Intrinsic reaction rate
(moles Ci/moles Pts)

4.2. kLa estimation

rSB = kSB·c SBl

rr = kr ·cliq1l/(1 + K eq·c H2 l)

Rate of reaction for
species

rm = km·c CO2 l·c H2 l
Sorbitol: RSB = −rSB
Liquids: Rliq = rSB−rr

System of equations

H2: RH 2 = −13rr + 10rm
CO2: RCO2 = −6rr + 3rm
Alkanes: RAlk = rm
Liquid phase (moles Ci/m3f-mr):
dcSBl
dz

=

CPt
·(−RSB )
ul

dcliq1l
dz

=

dcil
dz

pg
(k a)
CPt
·(Ri )− L i ·⎛cil− i ⎞
ul
ul
Hi ⎠
⎝

=

In order to estimate true kinetic parameters, it is necessary to know
the value of the liquid-side volumetric mass transfer coeﬃcient (kLa) in
the experimental setup and under the conditions used. While the estimation and measurement of kLa in batch reactors is more straightforward and has been studied extensively with multiple methods used for
its determination [29], the estimation of kLa in continuous packed
bubble bed columns is not as simple. Typically for such systems, empirical methods based on experimental data are sought in order to
predict the kLa reliably. From the experimental results discussed in
section 3.3 it can be seen that mass transfer has a signiﬁcant inﬂuence
on the H2 yield. Therefore, a strategy was developed to address this
issue, considering two diﬀerent cases. In Case A, the kLa is ﬁtted simultaneously along with the reaction rate constants based on experiments conducted at 310 °C with changing N2 ﬂows. Although in reality
the kLa changes along the length of the reactor, it is assumed to be a
constant in this work.
In Case B, the kLa is determined using a correlation, while only the
kinetic parameters are ﬁtted. Since no suitable correlation was found

CPt
·(Rliq)
ul

for i = H2, CO2, C3H8

Gas phase (moles/s):
dFi g
dz

Fi g
. (pT −p H2 O )
∑ Fgas
ρ
cSB = xSB · SB , cliq1 =
MSB

pi =

Initial conditions

pg

= −(kL a)i ·A·⎛ i −cil⎞ for i = H2, CO2, C3H8
⎝ Hi
⎠
for i = H2, CO2, C3H8

0, cliq2 = 0, Fig = 0, pi = 0
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times considered. It is notable that the model captures the trends in the
H2 yields eﬀectively. Fig. 6(b) depicts the carbon gasiﬁcation as a
function of residence time. The total carbon gasiﬁcation is obtained as
the sum of the yields of CO2 and Alkanes. It can be visualised that the
model predicts the distribution of carbonaceous species in both phases
very well. With respect to the stripping eﬀect of N2 on the total carbon
gasiﬁcation, the model predicts a negligible diﬀerence, as also observed
in the experiments.
Fig. 9 shows the parity plots of experimental and ﬁtted product
yields at all temperatures studied. As can be seen, the model provides a
reasonably good ﬁt (within 25% deviation from experimental data) for
H2, CO2 and alkane production at all temperatures. Although the model
over-predicts the alkane carbon yield and under-predicts the CO2 yield,
the total carbon gasiﬁcation predictions are within 15% deviation from
experimental data.
In order to further validate the kinetic model, experiments were
conducted in an intensively stirred, 45 ml batch autoclave reactor at
290 °C. A description of the setup used is provided in literature [26].
Fig. 10 depicts the yields of H2 and CO2 obtained in the batch reactor.
The residence time in the reactor is deﬁned in a similar manner as was
done in the experiments in the continuous setup. (Refer Eq. (2-1)). The
model predicts these gaseous species very well (within 10% deviation).
Unfortunately, the yield of carbonaceous species in alkanes could not be
well predicted due to condensation of higher alkanes into the liquid
phase in the batch experiments when cooling down the autoclave reactor before opening.

for packed bubble columns, a correlation for a trickle-bed reactor has
been used as an approximation, since the experimental conditions used
in this study were covered by the correlation and underlying database.
This correlation has been derived using artiﬁcial neural network and
dimensionless analysis upon consideration of a wide experimental database [30]. The kLa was calculated to be 1.74 * 10−1(s−1). For the gasliquid interfacial area, the recommended correlation for a packed bed
column was used to obtain a value of 350 m2/m3. These values are
within the range of expected values for laboratory scale packed bed
columns.
4.3. Model evaluation
The comparison between Case A and Case B is made using a root
mean square error method (RMSE). The calculated root mean square
error is an estimation of the goodness of ﬁt between the experimental
and model data. RMSE is calculated as the square root of the sum of the
squared diﬀerence between experimental and predicted values over the
number of samples. Calculated RMSE values were found to be 0.154
using the estimated kLa value and 0.139 using the ﬁtted kLa value. An
improved overall ﬁt is obtained with the ﬁtted kLa of 3.1e−2(s−1). The
ﬁtting procedure was conducted in Matlab R2017a and more information can be found in Appendix A-3.
It is noteworthy to mention that the ﬁtted kLa of 3.1e−2 (s−1) is
ﬁve times lower than the estimated kLa determined by empirical
methods as discussed in section 4.2. As mentioned previously, the estimated kLa was derived using a correlation for trickle-bed reactors, due
to the lack of a suitable correlation for the determination of kL in
packed bubble columns. While the estimated kLa works quite well in
predicting the data, the ﬁtted kLa is more accurate and is therefore
selected as a constant for the kinetic ﬁtting at the other temperatures.
The correlation matrix from the simultaneous ﬁtting of parameters
kr, km and Keq at 270 °C show that the correlation between kr and Keq
was 0.9. However, the inhibitory eﬀect of H2 on the reforming reaction
is required to describe the experimental results adequately. This inhibitory eﬀect is illustrated in Fig. A.1 in Appendix A-5. Keq was estimated to be 7 * 10−3 (m3f/mol).
Table 3 presents the ﬁtted kinetic parameters with 95% conﬁdence
intervals. The table also shows the pre-exponential factors and activation energies for rr and rm calculated from the Arrhenius plot.
Fig. 6(a) illustrates the model prediction of the stripping eﬀect of N2
at a constant ﬂow and constant RGL on the H2 yield at all residence

4.4. Reactor design considerations
The developed 1-D reactor model is used to predict the maximum
amount of H2 that can be produced at high carbon gasiﬁcation by
tuning the reactor parameter kLa and operating conditions including
absolute pressure, temperature and RGL.
Fig. 11 illustrates the eﬀect of the kLa on the H2 and Alkanes yield as
predicted by the model for a reaction temperature of 310 °C using
30 Nml/min N2 and a residence time of 100 s. There is a twenty-fold
increase in the H2 yield with an increase in kLa from 0.001 to 0.1 s−1. In
contrast, the decrease in the yield of Alkanes is less pronounced (approximately half-fold). At higher kLa’s, there is no longer a positive
eﬀect of kLa on the H2 yield, due to H2 reaching saturation in the liquid
phase. A further increase of the hydrogen yield then requires a lower
hydrogen concentration in the gas phase. By selecting reactors in which
larger kLa values can be achieved at the required longer reaction times,
such as bubble columns or slurry reactors, the H2 yield can be enhanced. Additionally, reactors can be used to remove the H2 as soon as
it is produced before its consumption in side reactions (for example, a
membrane reactor [21]). In such cases, there will be no requirement for
N2 addition and no further separation costs downstream of the reactor.
In order to get an impression of the feasibility of the process on an
industrial scale, a basis of 10 tons/hr of 10 wt% aqueous sorbitol solution is considered as the feed. The design criterion selected is to
achieve a minimum of 95% carbon gasiﬁcation. This criteri on is selected in order to obtain less than 0.5 wt% carbon residues in water
making this process simultaneously attractive for water clean-up and H2
production. Based on experimental observations, a temperature of
310 °C is selected because the highest H2 yields along with high total
carbon gasiﬁcation were obtained at this temperature. At lower temperatures, a bit higher H2 selectivity is observed, however at the cost of
lower carbon gasiﬁcation. At higher temperatures, H2 selectivity is reduced considerably and production of gaseous alkanes is favoured,
thereby increasing the total carbon gasiﬁcation.
Fig. 12 illustrates how the H2 yield can be maximised by increased
kLa, RGL and decreased absolute pressure. Additionally, the eﬀect of
these variables on the total reactor volume requirement can be visualised through the H2 productivity (mol H2/m3r-s). In this study, a maximum of 4 mol H2/mol SB was achieved at 310 °C. The maximum H2

Table 3
Fitted reaction rate parameters with 95% conﬁdence intervals and calculated
root mean square error.
Parameter

Degradation of sorbitol
Value

kSB

(6.3 ± 0.2) * 10

Correlation
−5

Fitting at 270 °C using kSB as 6.3e−5
kr
(2 ± 1) * 10−5
km
(2 ± 1) * 10−7

RMSE

–

3.14 * 10

0.2

0.069

Units
−3

m3f/mol Pt-s
m3f/mol Pt-s
m3f/mol Pt-s

Fitting at 290 °C with kSB as 1.2e−4 and Keq as 5.3e−3
kr
(4 ± 1) * 10−5
0.2
0.145
km
(6 ± 1) * 10−7

m3f/mol Pt-s
m3f/mol Pt-s

Fitting at 310 °C with kSB as 2e−4 and Keq as 4.2e−3
kr
(5 ± 1) * 10−5
0.1
km
(7 ± 2) * 10−7

m3f/mol Pt-s
m3f/mol Pt-s

0.139

Fitting at 350 °C with kSB as 5.6e−4 and Keq as 2.7e−3
kr
(9 ± 2) * 10−5
0.2
0.134
km
(1.7 ± 0.4) * 10−6
k0,r
1.74
k0,m
1.05
Ear
51
Eam
69

m3f/mol
m3f/mol
m3f/mol
m3f/mol
kJ/mol
kJ/mol

Pt-s
Pt-s
Pt-s
Pt-s
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Fig. 9. Parity plots for (a) H2 yields (b) gaseous carbon yields and (c) XCG at temperatures (270 °C, 290 °C, 310 °C and 350 °C). In (b) ﬁlled points are yields of CO2 and
empty points are carbon yields of Alkanes.

Fig. 10. Experimental data points and model curves for H2 and CO2 yields
obtained in the batch reactor. Solid curve: H2, dashed curve: CO2.

yield achieved with high feed concentrations of 10 wt% and high
carbon gasiﬁcation of > 95% was a value of 6.7 mol H2/mol SB obtained by Davda et al [13]. From the stoichiometric reforming equation,
the theoretical maximum that can be achieved is 13 mol H2/mol SB.
Such a high H2 yield has not yet been reported in literature for feeds
with signiﬁcant sorbitol content. In this study, from the cases considered for an envisaged industrial scale, the model predicts that by
increasing kLa from 0.1 to 1 s−1, RGL from 30 to 300 Nm3 N2/m3 feed,
and lowering the absolute pressure from 120 to 105 bar (at 310 °C), the
H2 yield can be increased from 2.7 to 12 mol H2/mol SB. Because the
change in kLa, RGL and pressure have a negligible eﬀect on the total
carbon gasiﬁcation in these ranges, the change in the volume of the

Fig. 11. Model prediction of the eﬀect of kLa on H2 and Alkanes yields. The
dashed line represents the ﬁtted kLa of 3.1e-2 used in this work.

reactor is insigniﬁcant. Therefore, there is also a ﬁve-fold increase in
the H2 productivity. Considering a bulk density of γ-alumina of 700 kg/
m3, this translates to 77 mmoles H2/gcat-h, 3 times higher than that
obtained in this experimental study (26 mmoles H2/gcat-h) and in literature (22 mmoles H2/gcat-h) [31]. With improved reactor design as
well as further energy and economic evaluations, this process can be
suitably applied on an industrial scale.
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Fig. 12. Increasing H2 yield and productivity.

5. Conclusions
[3]

The inﬂuence of a wide range of sub-critical temperatures on the
hydrothermal gasiﬁcation of sorbitol is investigated in this study.
Experimental results validate previously known information about reaction mechanisms, speciﬁcally the production and consequent consumption of H2. Further insight is gained into the inﬂuence of N2 and H2
on the optimum H2 production at higher temperatures and carbon
conversions.
This work also includes the development of the ﬁrst temperature
dependent kinetic and mass transfer model for the hydrothermal gasiﬁcation of sorbitol. The model approximates the complex reaction
mechanism by using a path lumped strategy. Both experiments and
model predictions show that mass transfer plays an important role in
the H2 yield, but does not inﬂuence the total carbon gasiﬁcation signiﬁcantly. Under conditions of high carbon gasiﬁcation, the liquid feed
ﬂowrate is low and consequently, the ﬁtted kLa was relatively low. With
increasing N2 gas ﬂow rate, the desired product H2 is stripped out of the
reactive liquid phase before reacting in consecutive reactions. The
model is in good agreement with experimental results and is used to
predict H2 yields at high carbon gasiﬁcation on an industrial scale. By
tailoring the process parameters such as temperature, pressure, gas-liquid ratio (RGL) and gas-liquid mass transfer (kLa), greater H2 yields can
be obtained, making this a promising process. Experimental veriﬁcation
of the high yields predicted and further optimization of H2 yields at
high carbon gasiﬁcation fractions is topic of future work.
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